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Reactions and Separations

EROBIC FERMENTATION WAS PUT TO
commercial use in the 1940s to make peni-
cillin. Later, many other antibiotics were

made via this method. Over the years, it has become a
route to economically produce a variety of com-
pounds, including enzymes, amino acids, vitamins, fla-
vor enhancers, thickening and binding agents, and
cleaning compounds. The list keeps growing.

One reason for its widespread use is its specificity for
producing compounds — that is, some species are diffi-
cult to make by other means, and other routes may pro-
duce high concentrations of byproducts. Another reason
is that fermentation requires comparatively mild condi-
tions, in terms of temperature, pressure and pH. This
often allows for less-costly equipment and lower energy
costs compared with using standard chemical synthesis.
Still, few operating fermenters are designed to minimize
their total operating power, which is used primarily by:

• the agitator, which disperses air into the broth and
provides for a reasonable level of compositional uni-
formity, and 

• the air-delivery system, which comprises a com-
pressor, filter and associated piping.

Current practice
Most aerobic fermenters are, in fact, designed using

little data. Typically, engineers simply select equip-
ment that has been found to be suitable for making

similar products. Often, only a little or no pilot work is
done. If these studies are undertaken, they are carried
out to determine the ideal conditions for the organism,
such as pH, temperature, and concentrations of dis-
solved oxygen (DO), nutrients and biomass. Yield vs.
feedstock consumed may also be investigated. 

However, little attention is given to collecting the
data needed to predict the full-scale oxygen transfer
and energy consumption. To make matters worse, the
pilot conditions usually differ from those in the scaled-
up, commercial unit. Compared with commercial
equipment, pilot units operate at a much higher agita-
tor specific power (power/unit mass or volume) and a
much lower superficial gas velocity (actual gas flow
divided by the tank’s cross-sectional area).

Nonetheless, attempts are sometimes made to scale
up from the limited pilot data. These can be based on
using equal agitator power/volume, with the air flow
scaled up using an equal volume of gas per volume of
liquid per minute (VVM). When such a technique
yields unreasonably large equipment, as it usually
does, engineering judgment is employed to compen-
sate for the increase in superficial gas velocity and
pressure driving force in the full-scale equipment.
However, such judgment carries some risk, since the
relative contribution of agitation and airflow to mass
transfer can vary considerably for different processes
and different agitation systems.

By performing the necessary pilot work, 
and rigorously calculating the full-scale 
performance instead of using simple 
rules-of-thumb for scale-up, significant 
energy savings can be achieved in fermenters.
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Correct pilot studies are the key
To optimize full-scale energy consumption, it is neces-

sary to quantitatively predict the relationship between
mass-transfer rate, driving force, agitator power and super-
ficial gas velocity (1). To obtain this relationship accurate-
ly, the pilot plant must be operated under the same range of
conditions as will be found in the full-scale equipment. In
practice, this means using much more air and much less
agitation than is normal for pilot operation. To obtain the
same superficial gas velocity in the pilot plant as in the
production equipment, it is not unusual to need a VVM of
10–15/min, whereas the full-scale VVM may be
0.5–1.5/min. If the pilot facility does not have sufficient air
available, then its air-delivery system must be beefed up.
Otherwise, the correlations obtained will not be accurate.

Data must be taken using an impeller system similar to
the one that will be used in the full-scale fermenter. Al-
though impeller system design is beyond the scope of this
article, properly sized axial upper impellers combined
with a lower concave radial impeller have been found to
promote excellent liquid-phase DO uniformity. This ar-
rangement has a high gas-handling ability and the differ-
ence in power draw between the ungassed and the gassed
states is minimal (2).

Determining system parameters
The defining equation for mass transfer in a fermenter is:

OTR = kLa (Csat – C) (1)

The goal of the pilot study is to correlate kLa, the over-
all mass-transfer coefficient, to the agitation and airflow
conditions. The correlation is ideally done around the
point in the process where oxygen demand is at a maxi-
mum, and under similar levels of agitator specific power
and superficial gas velocity. This correlation is established
by using a simple exponential relationship:

kLa = a(P/V)b(Us)c (2)

The constants a, b and c are derived by empirically fit-
ting the experimental data to the equation. With a clean

water system, it is possible to fit the data to Eq. 2 with a
±5% variation. In a complex fermenter broth, agreement
is often no better than ±30% (2). Care must be taken
when designing to allow for such data errors. 

It is also important to develop gas saturation data for
the specific broth. Predictions based on the solvent (usu-
ally water) can be in error because the presence of
biomass and dissolved solids may affect the ability to
hold dissolved gas. Henry’s law may generally be used to
correlate data and compensate for changes in absolute
partial pressure of the gas.

Full-scale degrees of freedom
It is possible to get the desired OTR in the full-scale

equipment in a number of different ways. At low airflow
rates, the gas superficial velocity will be low, so higher agi-
tation power is needed to compensate for this, even to get an
equal mass-transfer coefficient. Low gas flow also equates to
more oxygen depletion in the exit gas, resulting in a reduced
concentration-driving force, which further requires more ag-
itation. In fact, there is a theoretical minimum airflow: that
at which 100% of the oxygen in the air stream is required to
meet the required OTR. In such a case, impractical levels of
agitation would be required since the driving force would be
small at the inlet and zero at the outlet.

At higher air flowrates, the driving force and gas super-
ficial velocity will be larger, resulting in less agitator
power being needed to achieve the same OTR. There is a
practical maximum air flow as well. The author’s experi-
ence suggests that operation at superficial gas velocities
above 0.6 m/s should be avoided, so as not to allow exces-
sive entrainment of the process liquid in the vented gas.

Within this range from a theoretical minimum to practi-
cal maximum, the compressor power requirements increase
with airflow, but the required agitator power simultaneous-
ly decreases. The sum of the agitator and the compressor
power will, in fact, pass through a minimum. It is the goal
of this article to show how to operate as close to this mini-
mum as possible.

Optimizing full-scale design
The following steps should produce a system design

that operates close to the minimum power requirement.
Step 1. Based on the peak OTR, calculate the minimum

air flow required at 100% utilization.
Step 2. Choose an air flow that is greater than the theo-

retical minimum calculated in Step 1 for the first design
calculation. Start out at about 20% above the minimum.

Step 3. Perform a mass balance and determine the exit
gas flowrate and composition, including the amount of
CO2 respired.

Step 4. Calculate the driving force for mass transfer.
For full-scale equipment, use a log-mean driving force,
rather than the simple form given in Eq. 1. Accurate satu-
ration data are needed.

Nomenclature
a, b, c = empirical constants in Eq. 2
C = dissolved oxygen concentration, mg/L
Csat = dissolved oxygen concentration at saturation, mg/L
DO = dissolved oxygen concentration, mg/L
kLa = overall mass-transfer coefficient, s–1 or h–1

OTR = oxygen transfer rate, mg/L-h.
P/V = specific power, W/M3

Us = superficial gas velocity, M/s
VVM = volume of gas per volume of liquid per minute,·min-1



Step 5. Calculate the required kLa.
Step 6. Calculate the actual volumetric air flow at the

midpoint of the unaerated broth height, being sure to ac-
count for temperature, composition, backpressure and liq-
uid head. Use the average flowrates for the inlet and outlet.

Step 7. Calculate the superficial gas velocity at the
midpoint using the above gas flowrate.

Step 8. Using the mass-transfer relationship developed
from pilot scale data, solve for the agitator power. Add
about 5% to account for the gear drive and seal losses to
get the required motor power-draw.

Step 9. Calculate compressor power. Include the back-
pressure, liquid head pressure, and losses from the sparg-
er ring, piping and filtration systems. Also include the
manufacturer’s compressor efficiency to calculate motor
power-draw required (typically 50–80%). For an existing
plant, these should be calculated based on the actual pip-
ing system. For a new plant optimization study, a simpli-
fying assumption can be made: the piping system will be
sized based on a certain maximum pressure drop at the
final airflow chosen.

Step 10. Calculate the total power of the agitator and
the compressor.

Step 11. Repeat Steps 1–10 for an incremented air-
flow. An increment of 20% of the theoretical minimum is
suggested.

Step 12. Repeat Step 11 until a minimum total power
is found. Add in safety factors to account for data error
and flexibility for future process changes.

This procedure is primarily intended to allow opti-
mization of the original installed compressor and agita-
tor power. It can also be used in an existing fermenter to
compute the optimum conditions during the batch cycle,
which, of course, has a varying oxygen demand from
beginning to end. If the airflow and agitator speed are
both variable, then a control-logic sequence can be de-
veloped to minimize energy usage throughout the pro-
cessing sequence.

This procedure may seem to involve a lot of calcula-
tion time. Of course, once the system equations have
been defined, they can be put into a computerized spread-
sheet so repeated calculations will take little time. The
potential reward can be significant. It is not unusual for a
150,000-L fermenter to operate at 100 kW or more away
from the optimum condition. Assuming a typical plant
has 10 such fermenters and the units run at full speed
50% of the year, the annual savings potential is about
$350,000 at an electric power cost of $0.08/kWh. For de-
signing a new system, such a determination will result is
much lower capital costs, as well. 

Example
The figure on the right shows how the power con-

sumption varies when this procedure is used. A simplify-
ing assumption of constant gas pressure drop was made,

as appropriate for new construction. The figure shows the
compressor power, agitator power and total power as a
function of air flow. Note that the beginning air flow used
is close to the theoretical minimum, so the agitator power
is rather high. There is a fairly broad band in which the
required power is roughly constant. As long as the fer-
menter is designed in this range, it will be close to opti-
mum. If an agitator impeller system is chosen that has al-
most constant gassed power characteristics, then the agi-
tator installed power can be fixed and airflow can be ad-
justed to the minimum that will provide the necessary DO
level. This will allow for sufficient operating flexibility
while keeping the capital and operating costs to a mini-
mum. If the impeller system has a power draw that is sen-
sitive to airflow, it may be necessary to use a variable-
speed drive on the agitator to achieve the desired result.

Sample problem
Suppose a production fermenter has a diameter of

3.66 M, a liquid volume of 114 M3, and an ungassed liq-
uid height of 10.97 M. The broth has an unaerated spe-
cific gravity of 1.0. The temperature is 38°C. At 1 atm,
the saturation value of DO is 7.0 mg/L, based on air that
is not enriched with oxygen. When oxygen is consumed,
95% of it is returned as respired carbon dioxide. The
consumption rate or OTR is 2,000 mg/L-h. Minimum
desired oxygen concentration in the broth is 2 mg/L.
The fermenter will be operated at a gage backpressure
of 0.68 atm. Line losses from the compressor to the ves-
sel will be 2.04 atm. Assume a 95% mechanical effi-
ciency for the agitator and 70% for the compressor. The
step-by-step optimization procedure is as follows:

Step 1. Total OTR required is 2,000 mg/L-h × 114,000
L = 228 × 106 mg O2/h = 7,125 gmol/h. One m3 of air at
normal conditions (0°C and 1 atm) contains 44.06 gmol.
Air at 21% O2 contains 9.366 gmol of O2/nM3, so the air
flowrate is 7,125/9.366 = 760.7 nM3/h, or 12.68 nM3/min.
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� Figure. To optimize power consumption, the fermenter must be designed
in the range where power consumption is roughly constant. In this example,
the power consumption is relatively constant for a broad range.
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Step 2. Normally, the iteration process would start
with 20% higher airflow than the above value, but for il-
lustration purposes, only one iteration is needed. There-
fore, twice the above value is used (vs. 1.20 times the
flowrate), which = 25 nM3/min.

Step 3. Perform the mass balance. The inlet airflow of
25 nM3/min contains a total of 1,115 gmol, of which
234.2 are O2, and the balance, 880.8 gmol, is other gases,
which will be carried through the fermenter unchanged;
7,125 gmol/h, or 118.8 gmol/min of O2 are consumed,
leaving 115.4 gmol/min of O2 in the outlet gas. In addi-
tion, CO2 is generated at the rate of 112.8 gmol/min (95%
of the value of oxygen consumed). So, the outlet gas rate
is 1,109 gmol/min with 10.4% O2. This corresponds to a
gas flow at the outlet of 24.9 nM3/min.

Step 4. To calculate the driving force, we need to
know the absolute pressure and concentration of the air
stream at the top and bottom, as well as the DO concen-
tration in the broth at the top and bottom. The bottom
pressure equals the backpressure plus liquid head: 0.68
atm + 1 atm (gage pressure) + 1.06 atm (10.97 m liquid
head at 1.0 s.g.) = 2.74 atm abs. Since the saturation
value at 1 atm and 21% O2 is 7 mg/L, the saturation con-
centration at the bottom of the fermenter is 7 × 2.74, or
19.18 mg/L.

The pressure at the top is 1.68 atm (abs.) and the con-
centration of O2 is 10.4%, so saturation at the outlet is 7
mg/L × 1.68 × (10.4/21) = 5.82 mg/L. Now that satura-
tion values have been established, calculate the driving
force. To do this, the liquid DO concentrations must also
be known. It has been established that a minimum of 2
mg/L is needed for for the process to work effectively.
However, real fermenters are not perfectly mixed, so
there will be a concentration gradient. 

The author has seen cases using multiple radial im-
pellers where the DO varied from bottom to top by more
than an order of magnitude. Therefore, if a combination of
axial and radial impellers is used in fermenters of this
size, the DO at the bottom will be about 50% higher than
at the top. Using this basis, assign a value of 2 mg/L at the
top and 3 mg/L at the bottom. The log-mean driving force
is equal to [(5.82–2)–19.18-3)]/ln[(5.82–2)/19.18–3)] =
8.56 mg/L.

Step 5. The required kLa = OTR/driving force = (2,000
mg/L-h)/8.56 mg/L = 233.6/h or 0.0649/s.

Step 6. The average molar flow of gas at the middle is
(1,115 + 1,109) / 2 = 1,112 gmol/min, or 24.93 nM3/min.
The absolute pressure at the midpoint equals the back-
pressure plus one-half of the liquid head, or 0.68 + 1 +
0.53 = 2.21 atm. The temperature is 38°C or 311 K.
Based on ideal gas law adjustments, the actual gas flow is
24.93 × (1/2.21)(311/273) = 12.85 M3/min. 

Step 7. Based on the tank diameter of 3.66 M, the su-
perficial gas velocity is 0.0204 M/s.

Step 8. For this example, it is assumed that the con-

stants a, b and c in Eq. 2 are 0.02, 0.6 and 0.6, respective-
ly, based on units of 1/s for kLa, W/M3 for P/V and M/s for
Us. Ideally, such constants should be derived from experi-
mental data taken in the actual broth and impeller system
that will be used. Based on a required kLa of 0.0649/s and
a superficial gas velocity of 0.0204 M/s, the required agi-
tator P/V = 349 W/M3. For a batch size of 114 M3, this
gives a total invested power of 39.8 kW. Allowing for
95% power transmission efficiency through the gear drive
and seal, the motor power draw required is about 41.9 kW.
If this figure seems low, it is because the required OTR for
this problem is low; this is an “easy” fermentation.

Step 9. To calculate the compressor power, the inlet
airflow and pressure are needed, as well as the outlet
compressor power, assuming roughly adiabatic operation.
More detailed calculations can be made after the final
system is chosen. Adjusting for units of kW for power,
atm for pressure and airflow in M3/min, and using a spe-
cific heat ratio for air of 1.394, the required compressor
power is 5.97 × (inlet pressure) × (inlet flow) × [(pressure
ratio)0.283 –1]. 

The inlet pressure is 1 atm. The airflow is adjusted to
20°C (293 K) is 26.83 M3/min. The outlet pressure is the
back pressure plus the liquid head plus the line losses, or
1 + 0.68 + 1.06 + 2.04 = 4.78 atm. Thus, the pressure
ratio is also 4.78. The compressor power is 5.97 × 1 ×
26.83 × [(4.78)0.283-1] = 89.2 kW. Allowing for 70% effi-
ciency, the motor power draw is 127.4 kW. 

Step 10. The total power of the agitator plus that of
compressor is 41.9 + 127.4 = 169.3 kW.

Step 11. The optimization steps will not be repeated
here, but by varying the air flow, the point of minimum
power can be found, as shown in the figure on the previ-
ous page. CEP
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